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ABSTRACT: In this work, a Matlab Simulink model was developed to analyse and predict the performance of a metal
doped silica membrane reactor for H2 production via both the high and low temperature water gas shift reaction. An
activated transport model for mixed gas separation with combined reaction was developed to model the effects within a
membrane reactor unit. The membrane reactor was modelled as a number of perfectly mixed compartments containing
a catalyst bed and a gas selective membrane. The combined model provided a good fit to experimentally measured
results for higher conversions up to equilibrium, which is generally the case for industrial applications. Simulation
results showed that H2 separation and H2 recovery improved with pressure, due to the H2 concentration driving force
across the membrane. For a single stage membrane reactor unit, a maximum conversion of 93% could be achieved with
a H2 recovery rate of 95%. In addition, the membrane reactor efficiency increased at higher temperatures and lower
H2O : CO feed ratios, allowing for CO conversion improvements by the membrane reactor.  2009 Curtin University
of Technology and John Wiley & Sons, Ltd.
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INTRODUCTION

There is currently a large world effort towards devel-
oping hydrogen power as the next generation of clean
energy for both the transportation and the electricity sec-
tors. The major advantage of this technology is possible
when used in fuel cells, providing significantly higher
efficiency compared to combustion technology.[1,2] It
is likely that, at least in the intermediate term, hydro-
gen will be derived from fossil fuels, which currently
account for 96% of all hydrogen produced in industry.[3]

With current global reserves estimates ranging from 200
to 500 years, coal supplies are almost certain to surpass
all other major fossil fuels.[4] As security of energy sup-
ply is a key concern for future economies, this means
coal will long continue to be a major factor in global
power supply.

In Australia the energy sector produces 60% of all
CO2 emissions with coal power generation account-
ing for 76% of all electricity produced.[5] However, as
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University of Queensland, Brisbane, QLD 4072, Australia.
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future energy scenarios become constrained by a decar-
bonised economy, the electricity sector will be forced
to make large reductions in its emissions. For this to
become a reality, technical solutions are necessary to
address current limitations. One new major technology
being developed is the Integrated Gasification Com-
bined Cycle (IGCC) which uses a process called coal
gasification (Eqn 1) to generate syngas (H2 and CO)
which is converted further in the water gas shift (WGS)
reaction to produce optimal amounts of H2 and CO2
(reaction 2).

C(s) + H2O(g) CO(g) + H2(g)

�H = 135.6 kJ/mol (1)

CO(g) + H2O(g) CO2(g) + H2(g)

�H = −41.2 kJ/mol (2)

The WGS is an equilibrium limited, endothermic reac-
tion, with higher temperatures resulting in acceler-
ated reaction kinetics but lower equilibrium conversion.
Conventional technologies (Fig. 1) utilise a high tem-
perature shift (HTS) and low temperature shift (LTS)
with high volumes of excess water to drive conversion.
This process can reduce CO to around 1% by reacting

 2009 Curtin University of Technology and John Wiley & Sons, Ltd.
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Figure 1. Schematic of a water gas shift, CO clean up stage.[10].

it with high steam contents to produce the maximum
amount of H2 possible.[6–9] However, downstream gas
separation is needed to separate H2 from the product
stream, with possible sequestration of the CO2.

An alternative strategy to optimise the WGS reaction
is to employ a membrane reactor (MR), which inte-
grates the reaction and product separation into a single
unit, using a selective membrane, offering many bene-
fits over conventional systems.[11–13] This is especially
the case where in-situ product separation can enhance
an equilibrium limited reaction, allowing the reactor
to operate at more suitable temperatures.[14,15] In the
WGS this has two main advantages; firstly by allowing
operation at optimum temperatures a MR can provide
improved reaction rates and reduce the need for excess
water, improving plant efficiency. Secondly, by provid-
ing both reaction and product separation in one process
step, a MR can potentially reduce the plant size and
thus capital costs.[11,13,16]

With the development of inorganic membranes over
the last 15 years, there has been a renewed interest in
the field of MRs.[6,12–14,17,18] However, initial interest
has mainly centred on simple dehydrogenation reac-
tions, and improvement of WGS MR has only recently
been investigated by a couple of groups.[6,7,19–21]

Recent findings have outlined the potential of the WGS
MR, investigating the effects of H2O : CO ratio[22] and
feed pressure[23] on the enhancement of CO conver-
sion. Combined with recent advances in hydrothermal
stabilisation and development of highly selective silica
membranes,[24,25] there is a real potential for develop-
ment in this field of research.

Coupling a membrane and reactor as a single unit
operation requires modelling the membrane transport
mechanism together with the reactor’s reaction mecha-
nisms. In the case of the reactor, a simple yet practical
model describing the reversible WGS reaction with an

empirical power law rate expression was sufficient. This
model is easier to implement and faster to compute,
although it requires catalyst activation data and com-
parison with experimental results to validate the model.
A number of empirical rate expressions and reaction
orders are provided in Table 1. The rate expression is
applied within the context of a reactor model, depending
on the detailed physical conditions within the reactor
at any point where the reaction occurs. The reactor
model itself often uses simplifying assumptions to aid
in design, eg plug flow, and isothermal and isobaric
conditions.

For MRs, it has been found that non-ideal flow can
have a large effect on the predicted conversion.[21]

The dispersion model (DM) predicts non-ideal flow by
modelling the dispersion of each component in both
the axial and radial directions.[21,31–33] Alternatively
a compartment model can be used, assuming perfect
mixing within each compartment with exchange of
mass, energy and entropy between compartments used
to replicate non-ideal flow.[34] This provides a simplified
method to approximate the effects of non-ideal flow on

Table 1. Empirical rate expression parameters
(rCO = krPa

COPb
H2O(1 − β)).

Catalyst
Reaction

orders ln ko

EA
(kJ/mol) References

Cu/ZnO/Al2O3 a = 1, b = 1 15.2 52.8 [26]
Cu/ZnO/Al2O3 a = 0, b = 1 12.6 47.4 [27]

– 41.8 [28]
Pt/CeO a = 1, b = 1 17.0 80.0 [9]
Fe3O4/Cr2O3 a = 1, b = 0 11.5 112 [29]
Cu/Fe3O4/Cr2O3 7 81
Fe3O4/Cr2O3 a = 0.73, – 110 [21,30]

b = 0.55
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MR conversion. The assumption of isothermal operation
in a reactor model depends on the extent and heats of
reaction compared to the heat loss through the reactor
walls. An adiabatic assumption (no heat loss) can also
be used in comparison with isothermal operation, to
analyse the maximum level of temperature gain possible
for the given reaction. For pressure drop within the
reactor, the Ergun equation is used.

In the case of gas mixtures, detailed modelling
for gas separation and permeation through molecu-
lar sieving porous membranes is complex.[35] Several
gas mixture models have been derived, including the
Stefan-Maxwell approach,[36] and non-equilibrium[37]

and finite mass exchange,[38] though each has its
limitations for use with microporous membranes. An
activated diffusion transport model was proposed by
Barrer,[39] explaining the temperature dependency of
pure gas transport through the membrane. Barrer’s
model addresses the transport of gas molecules through
pores of sizes close to the dimension of the molecules.
The model has been adapted to predict transport through
the membrane of gas mixtures in the Henry’s regime
and validated for gas mixture separation.[40]

One potential issue that arises in the industrial
application of a WGS MR is the use of high pres-
sure (>15 bar). The adsorption of gases in silica
derived membranes is generally at very low cover-
age at high temperatures; therefore Barrers’ model is
generally applicable within Henry’s regime.[35,41,42] In
this work, we propose a MR model for the water
gas shift reaction operating under the conditions of
Henry’s adsorption regime and complying with Bar-
rer’s model. The model integrates chemical reaction
rate, mass transport though the reactor and the mem-
brane to simulate the performance of MR under var-
ious regimes of operation. The model was set up
in Matlab Simulink for simulation purposes. The
model was also validated on the basis of experimental
results.

MODEL DEVELOPMENT

Single stage design

The MR was modelled as a number of perfectly mixed
compartments, containing a catalyst bed and a gas
selective membrane. The model boundary for a single
compartment reactor is shown in Fig. 2 below.

The defined variables are the following:

• Feed flow, composition and pressure (Ff, Cf i , Pf)
• Sweep flow, composition and pressure (Fs, Cs i , Ps)
• Reactor volume and temperature (Vrxr, Trxr)
• Reaction rate constant and equilibrium constant (kr,

Keq)
• Membrane permeance (P/l )

Figure 2. Model boundary for a single compartment MR
unit.

The assumptions are the following:

• Perfectly mixed compartmental reactor
• Perfectly mixed permeate chamber (Permeation rate

� Gas to gas diffusion)
• Adiabatic reactor
• No side reactions
• Reactor pressure is kept constant and controlled by a

back pressure valve
• No back permeation of species through the membrane
• Steady state operation.

Using these assumptions the mass balance over a
single compartment can be described by the reaction
rate equation:

dNi

dt
= In − Out + generation (3)

which can be described in terms of the systems variables
shown in Fig. 2:

VrxrdNi

dt
= Ff Cf i − Fr Cr i − Qi Cq i + Vrxrri (4)

Assuming mass conservation is maintained within the
system the outlet flow of a single compartment can be
calculated as

Fr = Ff − Fq (5)

where, the total permeate flowrate (Fq) is equal to the
sum of all component permeation:

Fq = �Q i (6)

Therefore, the final reactor mass balance equation can
be derived by substituting Eqn 5 and 6 into Eqn 4, and
rearranging for change in concentration:

dCi

dt
= FfCf i − (Fr − Fq)Cr i − Qi

Vrxr
+ ri (7)

Assuming the reactor compartment is perfectly mixed,
the reaction rate is defined by the gas concentrations at

 2009 Curtin University of Technology and John Wiley & Sons, Ltd. Asia-Pac. J. Chem. Eng. 2010; 5: 83–92
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the outlet of the reactor. These concentrations are used
in the reaction rate equation as follows:

ri = kr Pa
r –COPb

r –H2O(1 − β) (8)

where, the reactant partial pressures (Pi ) can be cal-
culated from the reactor concentrations (Ci ) using the
ideal gas law:

Ci = Pi

RTrxr
(9)

and the reversibility factor β is defined as

β = PCO2PH2

PCOPH2OKeq
(10)

where, the equilibrium constant is defined by the
thermodynamics of the chosen reaction.

This work assumes that the permeate chamber is
perfectly mixed as the permeation rate � bulk gas to
gas diffusion.[16] The membrane’s permeate flow rate
(Qi) is calculated as a factor of the permeance (P/l)
(Table 3) and the partial pressure difference between
the tube (xiPf) and shell (yiPs) side of the membrane
for a gas component (i). This calculation is made for
each species within the reaction chamber, giving the
following equation:

Qi =
(

P

l

)
i

(xi Pf − yi Ps) × SAmemb (11)

Full MR design

The full MR is modelled as a series of connected reactor
compartments with each compartment representing a

length of the membrane tube (Fig. 3). The reaction in
each compartment is modelled independently, with the
outlet gas of each tank flowing on to the next tank along
the membrane profile. In contrast, the permeate chamber
is modelled as one distinct volume (perfectly mixed
permeate chamber) and the permeate concentration is
a factor of the total permeation from each single
compartment.

Therefore, the total permeation flow rate (Fq) of the
membrane tube then becomes

Fq = �Qi
1 + �Qi

2 . . . + �Qi
n (12)

for each species (i ) in compartment (n). The permeate
concentration of each species (yi ) is then calculated as
the fraction of the species i in the total permeation flow:

yi = Q1
i + Q2

i .. + Qn
i

Fq
(13)

As each compartment is designed to be of the same size,
the reactor volume and membrane area for each reactor
compartment is defined as follows:

Vrxr = π.r2
tubeLtube

n
(14)

Amemb = 2π.rtubeLtube

n
(15)

where, rtube and Ltube are the tube radius (cm) and length
(cm) for each compartment and n is the number of used
compartments.

Figure 3. Schematic of full MR model compared to actual tubular MR unit.
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Pressure drop in a packed bed
Momentum loss in the catalyst bed is calculated using
the well known Ergun Equation:

�P

L
= 150

(1 − ε)2µ.us

ε3d2
p

+ 1.75
(1 − ε)u2

s ρ

ε3d2
p

(16)

where, �P is the pressure drop (Pa) along the length
of the reactor bed, L is the catalyst bed length (m), ε

the bed porosity (−), µ the gas viscosity (Pa.s) and
us the superficial velocity (m s−1). Pressure drop is
calculated at the end of each compartment, to determine
the pressure drop across the reactor tube.

Adiabatic operation (no heat loss out of
membrane tube)
The assumption of adiabatic operation is important to
determine the level of heat gained in the reactor due to
heat of reaction. This can be especially important for
the modelling of scaled up MRs with industrial flow
rates. The heat of reaction is calculated as a function of
temperature:[13]

�Hrxn(T ) = �H ◦
rxn(TR) + �xi�Cp i × (T − TR)

(17)

where, �H◦
rxn is −41 192 J mol−1 at 298 K; the heat

term (Qrxn) can then be calculated:

�Qrxn = �Hrxn × MCO.X (18)

�T = �Qrxn

m.�(xi Cp i )
(19)

where, M is the molar flow rate of CO (mol s−1), X
is the conversion fraction of CO, m is the mass flow
rate (g s−1), xi is the fraction of species i in the reactor
and Cp is the specific heat of the species at the given
temperature.

Table 2. Kinetics of tested catalysts.

Catalyst ln ko EA (kJ mol−1) r2

HTS cat (commercial
Fe3O4/Cr2O3)

19.1 105.1 0.98

LTS cat (commercial
Cu/ZnO/Al2O3)

12.9 50.7 0.97

MODEL VARIABLES

Catalyst activation energy

The activation energy of the high and low temperature
WGS catalysts used in this work was determined
experimentally in a packed bed reactor (PBR) prior to
their use in the MR. Catalyst conversion was linearised
and the linear regressions were fitted to calculate the
activation energy and pre-exponential factors of the
catalyst as listed in Table 2.

Membrane activated transport

The experimentally found permeance values of the
membranes were used to determine the activated trans-
port constants in the MS model. The permeance of the
two membranes was linearised with temperature and the
linear regression of the results (Fig. 4) was used to cal-
culate the activation energy and pre-exponential factors
of the membrane as listed in Table 3.

The linear regression fits provided high accuracy
(r2 > 0.95) with the exception of the CO2 and N2
measurements, which is attributed to the flow rate
measurement variations at the lower permeance values
(<1 × 10−11 mol m−2 s−1 Pa−1). It was observed
that the smaller molecules (H2, He) showed high
activation energies, while larger molecules (CO, CO2,
N2) displayed negative activation energies. The latter
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Figure 4. Tube membrane permeance linear regression fits for tubular cobalt silica membranes from
(a)left: hydrothermal testing and (b)right: dry gas condition testing.
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Table 3. Activation energy (EA kJ mol−1), pre-exponential factor (ln Q) and r2 values of the Arrhenius type linear
regression fit for cobalt silica membranes permeation.

Membrane ‘A’ Membrane ‘B’

Membrane properties He H2 CO2 and N2 He H2 CO CO2 and N2

EA (kJ/mol) 19.02 9.76 −6.36 20.69 12.7619 −21.75 −20.05
Ln (Q) −13.00 −16.24 −25.27 −2.46 −5.156 −16.49 −16.31
r2 0.98 0.97 0.92 0.99 0.99 0.99 0.91

is generally associated with the transport of larger
molecules through pores of small sizes, where the
potential of the pore exceeds the mobility potential of
the larger gases.[43] The high activation energies for He
and H2 permeation indicated a high quality molecular
sieving membrane.[41–43]

RESULTS AND DISCUSSIONS

Validation

The modelling of the PBR conversion with tempera-
ture for varying H2O : CO ratios is presented in Fig. 5.
For the low temperature (Fig. 5a) and high temperature
WGS (Fig. 5b), it is observed that the model provided a
very good fit against the experimental CO conversions.
While there were a couple of points for both tempera-
tures with slightly higher deviation of around 8–10%,
the majority of experimental points reflected the mod-
eling results accurately with on a 2–3% difference in
conversion.

The modelling of mixed gas separation is shown in
Fig. 6. At high conversions, the concentrations of H2
and CO2 approach 50% in the MR reaction cham-
ber, while CO reduces to values close to zero. At
this condition, the model provides a good fit to gas
permeation through the membranes. At low conver-
sions, the concentration of CO is high (above 50%)
and the model shows a deviation from 2 to 6.5%,
equivalent to ∼32.5% relative deviation. CO2 simula-
tion is quite consistent with the experimental results
independent of the conversion rate. H2 shows a rea-
sonably good fit, although a deviation is observed at
low conversion. These deviations may be attributed to
the sorption effect of the high concentration species
in the gas mixture (e.g. CO) at low conversions. The
average pore size (and, hence, the percolation effect)
influences the selectivity,[44] as demonstrated elsewhere
for gas mixtures containing H2.[45] This may explain
that at low conversions and temperatures, the purity of
H2 is reduced due to a combined effect of CO adsorp-
tion and diffusivity, thereby causing pore blockage and
reducing the percolation threshold for H2 permeation.
This is also reflected for the deviation in flow rates, as
shown in Fig. 6b, where the model under predicts the
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Figure 5. Model results compared to observed experimental
conversion for the (a): LTS and (b): the HTS catalyst at varying
H2O : CO feed ratios (1 or 2 H2O) and temperatures.

H2 flow rate at low conversions. Nevertheless, indus-
trial processes are likely to operate at high conversions,
where the model provides a good prediction of operating
parameters and MR performance.

The MR model validation is a combination of the val-
idated reaction and separation models above described.
The membrane permeance values calculated during
reaction are listed in Table 4.

The modelling of MR conversion compared to con-
ventional PBR conversion is presented in Fig. 7. Model
prediction below equilibrium conversion showed a good
fit with experimental measurements, predicting the 5%
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Figure 6. Steady and non steady state modelling of ternary gas mixture separation. (a)-left:
normalised permeate concentrations (without sweep) and (b)-right: membrane H2 flowrate (ml
min−1).

Table 4. Membrane permeance characteristics after
hydrothermal treatment.

Gas type
Permeance (mol m−2 Pa−1 s−1)

@200 ◦C
Activation

Energy (EA)

H2 4.8 × 10−10 26.78
CO 5.1 × 10−11 –
CO2 2.20 × 10−11 –
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Figure 7. MR model results (lines) compared to experi-
mentally found values (symbols) (H2O ratio – 1, Inlet pres-
sure – 4 bar).

enhancement between MR and PBR results. However,
for the experimental conversion above equilibrium,
the model showed large deviation, underestimating the
effect of separation on conversion. The deviations in
these results suggest that the equilibrium conversion is
the limitation in the MR model in this work.

Separation modelling in the combined MR model
provided a good fit to experimental results for both
selectivity and permeation rate, as shown in Fig. 8. The

deviations are generally observed at low conversion,
where CO and H2 slightly deviate from experimental
results. Again, the deviations are attributed to the
combined effect of CO adsorption and diffusion, which
hinders the percolation effect of H2 permeation.

Full scale MR simulation

Using the model parameters determined from the tube
scale permeation and reaction testing, the full model
was expanded to predict operation of the MR conversion
and H2 recovery based on the operational variables such
as feed rate, pressure and permeate sweep rate. The
membrane permeation and selectivity characteristics are
from membrane ‘b’ (Table 3) while both high and low
temperature catalysts have been analysed.

For optimisation of conversion, a high separation of
H2 from the syngas stream is necessary. Feed pres-
sure and permeate sweep gas flow rate are the two
main methods to enhance membrane flux, though both
have their disadvantages including an energy penalty
for compression costs and dilution of permeate stream
due to sweep gas or vapour (i.e. steam). This means it
is quite possible that a combination of the two factors
is necessary for optimised separation. Fig. 9 shows the
conversion enhancement of the WGS reaction for vari-
ous sweep ratios (rate of sweep gas/rate of permeation)
and inlet feed pressures. It can be seen that both pres-
sure and sweep lead to enhanced conversion, with up to
20 bar pressure providing 4 and 11% enhancement for
LTS and HTS respectively, while a sweep ratio of up to
7 provided 4% and 8% enhancement for LTS and HTS,
respectively. The best enhancement however came from
a combination of the two, with increased pressure and
sweep providing 8% and 19% total conversion enhance-
ment for LTS and HTS, respectively.

An important factor observed in Fig. 9 is the advan-
tage of operating the MR at high temperature. The HTS
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DOI: 10.1002/apj

 19322143, 2010, 1, D
ow

nloaded from
 https://onlinelibrary.w

iley.com
/doi/10.1002/apj.382 by U

niversite D
u L

uxem
bourg, W

iley O
nline L

ibrary on [06/08/2024]. See the T
erm

s and C
onditions (https://onlinelibrary.w

iley.com
/term

s-and-conditions) on W
iley O

nline L
ibrary for rules of use; O

A
 articles are governed by the applicable C

reative C
om

m
ons L

icense



90 S. BATTERSBY ET AL. Asia-Pacific Journal of Chemical Engineering

Temperature (οοC)

P
er

m
ea

te
 C

o
n

ce
n

tr
at

io
n

 (
%

)

175 200 225 275 300250 325

Temperature (οοC)

175 200 225 275 300250 325
0

10

20

30

40

50

60

70

80

90

100

H2

CO

CO2

H
2 

fl
o

w
ra

te
 (

m
l m

in
-1

)

0

0.7

0.6

0.5

0.4

0.3

0.2

0.1

Figure 8. MR permeation model results (lines) compared to experimentally found permeate
concentration and flux (symbols).
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� – 15bar, � – 20bar).

generally has lower conversion than the LTS due to
equilibrium limits. However, the conversion enhance-
ment is a factor of the H2 diffusion through the mem-
brane. In the case that conversion is already high then

there is little improvement to be gained from separa-
tion. At HTS (450 ◦C), the conversion shifts as much as
∼8%, thus providing greater improvement and resulting
in similar conversion to the LTS.

Figure 10 models the effect of pressure and sweep on
the H2 recovery through the membrane. The recovery
rate is the ratio of H2 in the permeate stream over
the total H2 produced. The influence of pressure (or
concentration driving force) on permeation is linear
and directly proportional to permeance or flow rate
in molecular sieving membranes. Depending on the
operating temperature, changing the feed pressure from
4 to 15 bar, may increase H2 recovery by as much as
50%, from 0.3 to 0.8 at 300 ◦C. However, the effect
of pressure on H2 diffusion through the membrane
levels off around the 90% mark for high temperature
(450 ◦C) and pressure at 15 bar, which is the permeation
limitation due to the partial pressure driving force. An
advantage of using sweep gas/vapour is the ability
to improve an already high recovery level further
(Fig. 10b). For instance, the addition of a sweep ratio
of 1 for a 15 bar feed pressure, the H2 recovery rate
was improved from 92 to 95%, representing a valuable
increase in H2 removal.

A combined reaction and separation model was
designed to effectively predict MR performance from
the individually determined, temperature activated char-
acteristics of both the catalyst and membrane. An empir-
ical reaction rate expression was applied to CO conver-
sion in the WGS reaction, with a ‘perfectly mixed’ sin-
gle compartment used to model the effects of mass dif-
fusion within the reaction tube. With the assumptions of
adiabatic operation and consideration of pressure drop,
conversion for both high and LTS was successfully
modelled for different H2O : CO ratios, pressures and
temperatures. An activated diffusion transport model
was used to predict gas permeation and separation
across the membrane, derived from pure gas measure-
ments and extended to simulate gas mixture separation.

 2009 Curtin University of Technology and John Wiley & Sons, Ltd. Asia-Pac. J. Chem. Eng. 2010; 5: 83–92
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Figure 10. Model results for H2 recovery rate vs (a) inlet
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and LTS (closed symbols).

The application of the validated MR model was used
to analyse the effects of operational variables on the
performance of the MR. This included consideration of
temperature, pressure, sweep rate and inlet feed rate. In
the optimisation of H2 recovery, a balance of pressure
and sweep gas was found to provide the best advantage
with up to 95% recovery achieved at 15 bar pressure and
sweep ratio of 1. High inlet pressure was used to drive
separation through increased H2 partial pressure on the
feed side of the membrane. However, as the H2 recovery
rate increased, the concentration of H2 in the reactor
chamber decreased, thus limiting the driving force for
gas permeation. To provide extra H2 recovery, the use
a sweep gas/vapour in this situation was effective,
maintaining optimised separation by reducing the partial
pressure on the permeate side of the membrane.

CONCLUSIONS

An activated transport model for mixed gas separation
with combined reaction was developed to model the
effects within an MR unit. The use of an empirical

reaction rate expression with a ‘perfectly mixed’ single
compartment model was applied to predict conversion
through the catalyst bed, while an activated transport
model derived from single gas permeance values was
applied to predict mixed gas separation through the
membrane. The combined model provided a good
fit to experimentally measured results, showing good
validation with permeate flow rate and concentration
for higher conversions, and good validation with reactor
conversion up to equilibrium. The deviation between
experimental and simulation results occurred at low
CO conversions and low temperatures. These were
mainly attributed to CO adsorption, which affected the
H2 percolation threshold, thus affecting H2 flow and
purity. However, industrial applications are likely to be
operating at high conversions and temperature, within
the high accuracy range of the MR model.

The application of the validated MR model was used
to analyse the effects of operational variables on the
performance of the system. This included consideration
of temperature, pressure, sweep rate and inlet feed rate.
Use of pressure provided the greatest improvement
in H2 separation with an increase of 50% recovery
possible from 4-15 bar feed pressure. In comparison
the advantage of using sweep gas/vapour is the ability
to improve an already high recovery level further.
While both factors allowed feasible operation of the
membrane, to maintain the H2 driving force across the
membrane a balance of these two factors is necessary.
For a single stage MR unit, a maximum conversion of
93% conversion could be achieved with a H2 recovery
rate of 95%. It was observed that the best performance
of the MR was achieved at lower feed H2O : CO ratios
and higher temperatures, as the lower equilibrium limit
allowed greater enhancement of conversion.
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